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ABSTRACT

Integrated Life Cycle and Techno-economic Assessment of the Conversion of High
Productivity, Low Lipid Algae to Renewable Fuels

by

Chad R. De Mill, Master of Science
Utah State University, 2016

Major Professor: Dr. Jason C. Quinn
Department: Mechanical & Aerospace Engineering

This study investigates the economic feasibility and environmental impact of fuel
production from biomass produced using Algal Turf Scrubber (ATS) cultivation
integrated with two different downstream processing systems. The two different
downstream processes investigated for the fuel conversion of the biomass are 1)
Biochemical Processing: multistep process for the production of alcohols with an HTL
finishing step (B&T) and 2) Thermochemical Processing: whole algal hydrothermal
liquefaction (HTL). The biochemical process involves acid pretreatment of the biomass
to aid carbohydrate and protein separation as well as remove ash constituents.
Pretreatment is followed by the fermentation of carbohydrates and proteins to a mixture
of alcohols and triglycerides (TAGs). The alcohols and TAGs are then extracted from
the mixture, after which HTL processing of the remaining material produces biocrude.
Evaluation of the various processes are performed with a modular engineering process
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model facilitating the direct comparison of the two conversion technologies on a systems
level. Sub-process models were developed and validated with laboratory-scale
experiments and integrated into the engineering process model. Techno-economic results
show the minimum fuel selling price for the B&T pathway is $5.93 per gasoline gallon
equivalent (GGE) and $4.83 GGE-1 for the HTL-only pathway. While the B&T pathway
does have a higher MFSP, the resulting biofuel has a significantly lower nitrogen content.
Life-cycle assessments indicate a global warming potential (GWP) of -0.0185 kg CO2eq
per MJ fuel and -0.0171 kg CO2eq per MJ fuel for the baseline B&T and HTL pathways,
respectively. A sensitivity analysis of the model to key inputs, illustrates areas for
focused research and development driving towards an economically viable production
platform.
(59 pages)
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PUBLIC ABSTRACT

Integrated Life Cycle and Techno-economic Assessment of the Conversion of High
Productivity, Low Lipid Algae to Renewable Fuels
Chad R. De Mill
The production of alternative transportation fuels is imperative to meet future
energy demands without contributing to global climate change. Advances in alternative
processing techniques that have emerged due to interest in microalgae as a feedstock
have led to a variety of potential processing pathways for the production of bio-based
fuels. A major hurdle in the algal production process is maintaining a fast and stable
algae culture. Monocultures, developed for their high lipid content, suffer from low
productivity, are susceptible to crashes and require a constant supply of carbon dioxide to
maintain productivity. In an effort to circumvent these obstacles, algal turf scrubber
systems (ATS) are now being targeted not only for water purification, but as a means of
producing algae feedstocks for fuel conversion. The resulting algae are capable of being
harvested at a much higher density, requiring less energy for dewatering purposes. ATS
systems do present other drawbacks that downstream technologies need to account for to
make this system a viable means for fuel conversion. While polyculture algae species
display great growth characteristics, they contain high percentages of nitrogen containing
proteins and low lipid content. If not removed this nitrogen pollutes any resulting
biocrude making it unacceptable for diesel fuel blends. This study investigates a
processing method which reduces the nitrogen content of the resulting fuel by fermenting
both carbohydrates and proteins into intermediate compounds. By tuning the E. coli
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fermentation stain it is hoped that the process will yield higher value co-products than
those investigated in this study. The research contained herein incorporates laboratory
experimentation with engineering systems modeling to assess the economic feasibility
and environmental impacts of generating biofuels from ATS cultivated algae. Results
show a minimum fuel selling price of $5.93 per gasoline gallon equivalent and
greenhouse gas emissions of -0.0185 kg CO2eq per MJ fuel. Discussion points include
process optimization in terms of minimum fuel selling price and global warming
potential.
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CHAPTER 1
INTRODUCTION

Increasing pressure for environmentally friendly energy production platforms has
resulted in interest in microalgae based biorefinery systems.

Advancements in

cultivation techniques and processing technologies, have led to a large variety of
potential processing pathways, with continued research driving towards innovative
processing concepts [1–4]. Life-cycle assessment (LCA) and techno-economic
assessment (TEA) have emerged as critical tools for assessing the impact and feasibility
of algae-based bio-production systems [5]. Sustainability assessment modeling supports
the evaluation of production platforms with results used to focus research and
development on a systems level. Previously, the tradeoffs between environmental impact
and economic feasibility, including a comparison of alternative processing pathways,
have been limited, due to a number of issues. The majority of studies are limited to either
environmental impact or economic evaluation [6–10]. Comparison of processing
technologies are further complicated through inconsistencies in systems boundaries, lack
of sub-process model fidelity and modularity, and unrealistic scaling assumptions [5].
Understanding and directly comparing various processing technologies, tradeoffs
between environmental impact, and economics of algae-based biorefinery systems will
enable higher resolution assessments, focus future research and development, and
facilitate transparent comparisons of current and future processing technologies.
Significant technical challenges exist in all of the major processing systems of an
algal based biorefinery. Current efforts are focused on addressing these issues with an
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emphasis on alternative upstream or production systems and downstream or processing
technologies. Current TEAs have highlighted the importance of decreasing biomass
feedstock costs as the downstream processing represents a small fraction of the overall
costs compared to feedstock costs [2,3,11]. Davis et al. [2] and Jones et al. [3] assumed
an arbitrary feedstock cost of $430 a ton due to a lack of detailed production cost
modeling. Advancements in modeling have helped to refine this cost with current
estimates for biomass costs range from $491 per ton reported by Davis et al. [12].
Biomass costs are reported as high as $4091 per ton for an attached growth system [11].
The majority of the current assessments have focused on open raceway pond (ORP)
cultivation systems. Significant challenges associated with ORP systems include large
resource requirements (e.g. water, nutrients, and concentrated carbon dioxide) that are
either, difficult to provide in high purity and concentration, or that compete with other
essential activities such as food [13–15]. An alternative open system is algal turf
scrubber systems (ATS) which mitigate the majority of these problems [16]. ATS
systems are designed to seamlessly integrate with contaminated water systems which
provide the required nutrients including carbon, nitrogen, and phosphorous. The algae
are cultivated on an attachment screen thus traditional farming equipment can be used for
harvesting, representing a significant advantage over suspended culture growth, which
requires energy intensive harvesting methods [17]. Another characteristic of ATS grown
algae, is the cultivation of a robust polyculture that is characteristically highly resilient to
crop failure. This also presents a disadvantage, monocultures have been engineered to
have high lipid content, translating to greater fuel yields, while polycultures have very
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low lipid content, and high concentrations of protein which can lead to undesirable
elements within resulting fuels [16,18]. ATS systems are also characterized by high ash
contents which can be detrimental to downstream processing. Considering these
advantages and disadvantages of ATS cultivation systems, the downstream processing
technology needs to be optimized to integrate with a low lipid, high ash content
feedstock. The biochemical process presented herein is designed to meet these critical
needs through the utilization of non-lipid constituents for fuel production and preprocessing designed to reduce ash content.
The objective of this work is to understand the economic viability and
environmental impact associated with two different biorefinery concepts leveraging ATS
algal biomass. The two alternative downstream processing concepts evaluated are: 1)
biochemical processing coupled with HTL and 2) hydrothermal liquefaction (HTL).

An

engineering process model was developed based on validated sub-process models for all
required processes: cultivation, harvest, and conversion. The modular construction
facilitated the direct comparison of alternative downstream processing pathways. All
sub-process models were validated with experimental data gathered from pilot-scale
growth installations and laboratory-scale conversion techniques. The engineering process
model forms the foundation upon which subsequent TEA and LCA are based.
Discussion focuses on sensitivity to model inputs, comparison of the modeled processing
pathways to alternative processing pathways in the literature, and the potential for the
modeled system to be economically viable and environmentally friendly.
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CHAPTER 2
METHODS

The evaluation of the two downstream processing pathways was performed
through the development of engineering process models. The developed engineering
system model consists of sub-process models that were created to track energy
requirements as well as, account for mass flow through means of mass balances, Figure
1. The model was constructed in a modular fashion to facilitate the comparison of
alternative processing technologies. The foundational inputs and key assumptions used
for the sub-process model are given in Table 1 with detailed descriptions of each subprocess model and foundational TEA and LCA assumptions presented below. Modeling
work for both conversion processes was performed in ASPEN PLUS.

2.1

Engineering Process Model
The engineering process model is representative of a well-to-product biorefinery

capable of processing 1339 tons per day of ash free dry weight algae (AFDW). This size
of refinery was selected to represent a large-scale production facility [2,3]. A well-toproduct analysis defines the system boundary of the modeled biorefinery, beginning with
algae cultivation and harvesting and ending with the conversion of the algae into a
renewable fuel product. Two alternative conversion pathways were modeled. The first is
a combination of biochemical processing of algae plus HTL processing of the residue,
hereafter abbreviated as the “B&T” process. The second process bypasses the

5
biochemical conversion of algal carbohydrates and proteins in favor of HTL of the entire
biomass signified hereafter as the “HTL-only” process.

Figure 1 Process flow diagram for the algae to fuel pathway. Both the B&T and
HTL-only pathways are highlighted in blue and red, respectively.
Six scenarios have been investigated and are presented in this work. These
include a conservative, baseline, and optimistic outlook for the B&T and HTL-only
pathways. The “conservative” designation indicates that the model has been integrated
with yields obtained from current laboratory results. The “baseline” designation
represents increases in key parameters that are expected to be achievable in the near
future and have at a minimum been demonstrated in the laboratory but not consistently.
The “optimistic” designation represents even further advances in the technology that are
still considered well within theoretical limits and expected based on future research and
development. For clarity, the following methods sub-sections will reference model
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values that pertain to baseline scenarios with the conservative and optimistic assumptions
presented in Table 1 along with the baseline assumptions.

Table 1 Foundational assumptions of examined scenarios. An extended table of
inputs is presented in Table A-2 of Appendix A.

2.1.1

Algae Cultivation & Harvest
Work performed by Hoffman et al. [19] has been leveraged to establish a raw feed

cost for algae. Results from this study indicated that for a biomass productivity rate of 20
g m-2 day-1 the ATS biomass cost is $463 ton-1. This cost was apportioned based on the
ATS system capital costs, operational expenses and taxes.
The composition of the harvested algae biomass has been determined from pilotscale tests performed by Sandia National Laboratories. The biomass composition, on an
ash free dry weight (AFDW) basis, being 39% protein, 34% carbohydrate, 8% lipids, and
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19% other organic compounds. The harvested slurry is assumed to enter the facility at a
solids concentration of approximately 20% solids by weight with levels of ash as high as
25%.
2.1.2

Acid Pretreatment
Acid pretreatment is performed in order to solubilize most of the carbohydrates

and proteins within the algae feed. The pretreatment process begins with the treatment of
the algal slurry with sulfuric acid at 2% volume per volume total solids. The mix is then
pumped through a preheating heat exchanger and trimmer furnace then to a stirred tank
reactor where it is retained for 50 minutes at a reaction temperature of 145°C.
Experimental results show after pretreatment approximately 70% and 90% of the proteins
and carbohydrates solubilize respectively. Following the acid treatment, the mixture is
sent through the cooling half of the preheater to a clarifier where insoluble material is
settled. The liquid portion runs through the overflow of the clarifier and is sent to a
fermentation stage. The tank underflow containing the solids is diverted to a digestion
stage for further breakdown of the solids. A sub-process schematic with an
accompanying mass balance is provided in Table C-1 of Appendix C for this sub-process.
2.1.3

Fermentation & Digestion
Fermentation and digestion are used to convert the carbohydrates and proteins

into valuable products. Schematics and mass balances for both fermentation processing
and digestion are included within Tables C-2, C-3, and C-4 of Appendix C. The initial
fermentation phase deals with the conversion of algal carbohydrates. While the number
of available carbohydrates within the mixture are numerous the system model simplifies
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the fermentation process to the conversion of sucrose and water to ethanol and carbon
dioxide gas. The headspace of the vessel contains a vent scrubber to allow the venting of
carbon dioxide gas while ensuring that little produced ethanol is lost through
volatilization. Samples from experimental work indicated that 90% of the available
carbohydrates are converted to products by using an E. coli KO11 inoculum. Liquids
received from the pretreatment stage enter a continuously stirred tank reactor (CSTR)
whereupon a 1% volume E. coli KO11 inoculum per volume total feed is added to the
mixture and allowed to ferment for 40 hours at 30°C. The resulting mixture is sent off to
digestion to be recombined with the solids that were separated previously in the clarifier.
The digestion step is required to break down the proteins into amino acids. The
recombined slurry is sent through a preheating heat exchanger to another CSTR and
treated with 1 gram of protease enzyme per liter of total slurry. This enzyme is allowed
to digest the slurry for 15 hours at a temperature of 55°C. Experimental work indicated
that this digestion process increased the solubility of the proteins to approximately 90%.
Once the slurry has been allowed to digest for the prescribed time, the protease enzyme
needs to be deactivated by heating the mixture to 90°C. Since this temperature is well
above the boiling point of the ethanol in the mixture, approximately half of the ethanol is
distilled and recaptured as an end fuel product. After this heating, the slurry is sent
through the cooling side of the preheater and additionally cooled back to a fermentation
temperature of 30°C. The mixture is sent to one final CSTR and receives a 1 % volume
E. coli AY3 inoculum per volume total feed. Again the fermentation takes place for 40
hours. During this fermentation phase the amino acids are converted to larger carbon
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chain alcohols. For model simplicity, the assumed amino acid is valine, which is
fermented to produce the assumed alcohol, isobutanol, along with carbon dioxide gas and
ammonia. The ammonia complexes with phosphates and water molecules to form
struvite. Experimental results show for the modeled reaction only 50% of the available
protein is converted to products.
The carbon dioxide from the reaction is vented from the headspace of the
fermentation vessel and the remaining mixture sent to another clarifying tank to separate
the struvite solids. This struvite contains many nutrients required by the growing algae
and therefore can be sold as a co-product to algae growers. With the struvite separated,
the remaining mixture is now ready to be divided into its major constituents in the
extraction phase.
It is important to note the removal of nitrogen from the mixture at this point. A
negative aspect of high protein algae is that the produced fuels contain high amounts of
nitrogen, making them unsuitable for traditional fuel blends [18]. By removing much of
the nitrogen at this stage through the struvite, high protein algae become a more viable
option for fuel precursors.
2.1.4

Extraction
Extraction is performed in order to separate the valuable fuel products from the

fermentation liquor. The extraction process begins with a liquid-liquid extraction, using
ethyl acetate as the solvent. The extraction column is an agitated Karr column which
allows better solute-solvent interaction and better handles emulsions than static columns.
Ethyl acetate volume is maintained at 20% of the total solution volume. The resulting
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tops of the column contain 99.7% of the ethyl acetate, 97% of the lipids, and alcohols, as
well as a 2% carryover of water. The remaining elements in the mixture exiting through
the Karr column bottoms contain proteins, carbohydrates, and other organics that can
potentially be converted to more fuel products, and are therefore sent to HTL processing.
At this point it is essential to recover the solvent from the extraction tops for
reuse. The tops are heated to 77°C (ethyl acetate’s boiling point) in a distillation column
to recover the ethyl acetate. The water, lipid, and isobutanol components in the mixture
have high enough boiling points that minimal carry-over occurs. The ethanol has a
boiling point of 78°C which means that a portion of the ethanol gets recycled with the
ethyl acetate, leading to minor losses. Those constituents that are not recycled are sent to
product storage. A sub-process schematic and stream mass balance for the extraction
processing is included in Table C-5 of Appendix C.
2.1.5

Thermochemical Processing
The thermochemical processing step is divided into two different models. The

first is associated with the B&T process which focuses on the thermochemical conversion
of a residual stream. The second, is the HTL-only scenario which is the thermochemical
processing of the harvested biomass without any pretreatment. Details on each subprocess model are presented below. Accompanying schematics and mass balances are
included in Tables C-6 and C-7 of Appendix C.
B&T Process: Material received from the extraction phase, predominantly
proteins and other insoluble organic compounds, are sent through a preheating heat
exchanger and trimming furnace to bring it to a reaction temperature of 350°C. In order
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to maintain the mixture in liquid form, the mix must be held under pressure of about 17
MPa (2500 psi). Due to the high pressure that is needed for the process, a traditional
stirred vessel is impractical due to the large wall thickness that would be required for a
large diameter vessel [20]. In this case a plug flow reactor (PFR) is modeled with a
diameter of 8 inches. The length of the reactor is based on a liquid hourly flow rate
capacity for the reactor. Experimental work indicates yields of 19% biogas, 24%
biocrude, 33% aqueous co-product (ACP), and 24% solids based on the remaining
organic compounds from the extraction process of ATS algae. Biogas compositions have
been assumed to match ratios from Jones et al. [3] of 91.75% carbon dioxide, 5%
methane, and 3.25% ethane. Once the material exits the reactor, it is run through a filter
that removes the majority of the solids. The liquids are sent through the cooling side of
the preheating heat exchanger to a three phase separator that vents the biogas, and
separates the biocrude product from the remaining ACP. The biogas is sent to a gas
turbine unit for combustion, the biocrude is sent to hydrotreatment for fuel upgrading,
and the ACP is recycled to algae cultivation.
HTL-only Process: For the HTL-only baseline scenario, raw algae from the
cultivation system is received and directly processed into biocrude. Raw algae feed
represents a significant increase in system throughput to this sub-process as the feedstock
still contains proteins, carbohydrates, lipids, and ash that were diverted elsewhere in the
B&T process. The algae are passed through a preheating heat exchanger and trimmer
furnace to bring them to a reaction temperature of 350°C. The slurry is held at a pressure
of 17 MPa (2500 psi) to prevent volatilization, requiring the use of a PFR, which is again
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modeled with an 8 inch diameter. The liquid hourly flow rate remains the same as the
B&T process but due to higher mass flow more reactor length is required. Experimental
work indicated HTL-only yields of 15% biogas, 46% biocrude, 26% ACP, and 13%
solids from ATS algae. Biogas compositions again have been assumed to match ratios
from Jones et al. [3]. Once the material exits the reactor, it is run through a filter that
removes the majority of the solids. The liquids are sent through the cooling side of the
preheating heat exchanger to a three phase separator that vents the biogas, and separates
the biocrude product from the remaining ACP. The biogas is sent to a gas turbine unit for
combustion; the biocrude is sent to hydrotreatment for fuel upgrading, and the ACP is
recycled to algae cultivation.
2.1.6

Hydrotreatment
The biocrude from HTL is processed into a fuel product through hydrotreatment.

Biocrude received from HTL processing is upgraded in a hydrotreater that saturates the
entering carbon chains with hydrogen. Hydrogen is absorbed at a rate of 2 wt% of the
biocrude feed rate with an additional hydrogen loss of 9%. Hydrotreatment process
yields are assumed to be similar to those in the work by Jones et al. [3] whose mass
balances indicate yields of 79% for diesel, 16% for naphtha, and 6% for off-gas, of which
70% is methane and ethane. This off-gas is sent to a heat and power unit for combustion.
The diesel and naphtha are sent to product storage.
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2.2

Algae Property Estimation
The modeling of the algal slurry is important for properly sizing heat exchangers

and other equipment as well as defining the performance of mechanical equipment in the
biorefinery. The algal slurry is modeled as a composite of many fluids or elements, such
as water, biomass, and ash. Throughout the process other fluids like sulfuric acid and
ethyl acetate are added to the mixture. Properties of the composite mixture at any given
moment are assumed to be a weighted average of the individual components’ properties
at the given temperature [21]. The physical properties of the individual components at
various temperatures were gathered from several sources and tabulated for use by the
model [22,23]. At any given point in the model it is assumed that the exact composition
and temperature is known, from which the fluid properties can be determined based on
component weight fraction. Mixture density (𝜌𝑚𝑖𝑥 ), specific heat (𝐶𝑝𝑚𝑖𝑥 ), and thermal
conductivity (𝐾𝑚𝑖𝑥 ) are estimated using equations 1, 2 and 3 respectively.
𝜌𝑚𝑖𝑥 = 1 ÷ ∑𝑛𝑖=1(𝑤𝑖 /𝜌𝑖 )

Eqn. 1

𝐶𝑝𝑚𝑖𝑥 = ∑𝑛𝑖=1(𝑤𝑖 ∗ 𝐶𝑝𝑖 )

Eqn. 2

𝐾𝑚𝑖𝑥 = ∑𝑛𝑖=1(𝑤𝑖 ∗ 𝐾𝑖 )

Eqn. 3

The variables 𝑤𝑖 , 𝜌𝑖 , 𝐶𝑝𝑖 , and 𝐾𝑖 represent weight fraction, density, specific heat, and
thermal conductivity of the 𝑖’th component respectively, and 𝑛 represents the number of
components within the mixture.
Concentrated algal slurries exhibit shear-thinning behavior, meaning that, the
viscosity changes dynamically with the velocity of the fluid flow. This type of behavior
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can be very difficult to model, even in small scale situations. This work makes a
simplifying assumption to model the viscosity with an amplification factor applied to
water to match rheology data gathered by National Renewable Energy Laboratory. This
amplification factor establishes the viscosity of a slurry with a fixed solids content and a
linear interpolation scheme is used to predict viscosity for slurries of intermediate values
of solids concentration. An effort to approximate algal suspension viscosity as a function
of temperature and solids content has been made by Schneider and Gerber [24]. The
method described in this work yields similar results to their work.

2.3

Equipment Sizing
The following sections describe the methods used to determine equipment and

unit operation sizing. The design of the engineering process model includes four defined
sub-processes. Within each sub-process, there are unit operations and equipment such as
continuously stirred tank reactors, heat exchangers, transfer pumps, clarifier tanks, plug
flow reactors, extraction columns, distillation columns, flash tanks, solids filters, a three
phase separator, process furnace, cooling water system, and a gas turbine. In order to
accurately inform the TEA and LCA assessments, appropriate sizing of each piece of
equipment must be performed.
2.3.1

Reactors & Mixers
The biochemical and thermochemical processing of the algae requires the use of

two types of reactors, continuously stirred tank reactors (CSTR) and plug flow reactors
(PFR). The stirred tank reactors were sized to accommodate the required residence time
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of the slurry. The mixer was sized according to its power rating calculated by obtaining a
power number for a turbulent flow condition within each respective reactor. Plug flow
reactors are sized by the required residence time of the reaction and are used in cases
where high pressures make stirred reactors impractical due to large required wall
thicknesses.
2.3.2

Heat Exchangers
Heat exchangers were sized according to the necessary heat transfer area

determined by heat transfer coefficients which are dependent on slurry characteristics and
flow conditions. Outlet temperatures from the heat exchangers were such that a log mean
temperature difference (LMTD) of approximately 30°C was established along a counterflow heat exchanger. Lower LMTD values lead to higher overall heat recovery, but in
most cases this results in excessive heat exchange area requirements and high capital
expense [20]. Since the properties of the fluid change with temperature, and in many
cases the temperature change is large, the equation for the required area needs to account
for property variations. Theoretically, the heat exchanger area can be found using
equation 4 where, 𝑇𝑖𝑛 and 𝑇𝑜𝑢𝑡 are the exchanger inlet and outlet temperatures
respectively, 𝑚 and 𝐶𝑝 represent the mass flow rate and fluid specific heat respectively
and, 𝑈 and ∆𝑇 signify heat transfer coefficient and fluid temperature difference
respectively. With the exception of mass flow rate, all these variables within the integral
are functions of temperature, making the integral too cumbersome for modeling purposes.
For simplicity the model uses equation 5 to approximate the area by dividing the heat
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exchanger into a number of sections 𝑛, of uniform properties, and summing the
contribution from the 𝑖’th section.
𝑇

𝑚𝐶𝑝

𝐴𝑟𝑒𝑎 = ∫𝑇 𝑜𝑢𝑡 𝑈∆𝑇 𝑑𝑇
𝑖𝑛

𝑚𝐶𝑝𝑖

𝐴𝑟𝑒𝑎 ≅ ∑𝑛𝑖=1 𝑈 ∆𝑇
𝑖

2.3.3

𝑙𝑚𝑖

Eqn. 4
Eqn. 5

Separations
During the processing of the algae, the components undergo several separation

steps. Solid-liquid separations were performed by use of clarifiers and filters. Settling
tanks are sized by the amount of settling area required for proper solids separation which
is a function of the viscosity. Settling area is determined by how fast the solids fall out of
suspension. The engineering system model assumes a settling velocity (𝑣𝑒𝑙𝑜𝑐𝑖𝑡𝑦𝑠𝑒𝑡𝑡𝑙𝑖𝑛𝑔 )
based on stokes law seen in equation 6.
𝑣𝑒𝑙𝑜𝑐𝑖𝑡𝑦𝑠𝑒𝑡𝑡𝑙𝑖𝑛𝑔 =

(𝜌𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒 −𝜌𝑓𝑙𝑢𝑖𝑑 )𝑔𝐷𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒 2
18𝜇𝑓𝑙𝑢𝑖𝑑

Eqn. 6

Where 𝜌𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒 and 𝜌𝑓𝑙𝑢𝑖𝑑 represent particle and fluid densities respectively, 𝑔 is the
acceleration due to gravity, 𝐷𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒 is the assumed particle diameter, and 𝜇𝑓𝑙𝑢𝑖𝑑 is the
viscosity of the fluid. The inverse relationship that exists between settling velocity and
fluid viscosity indicate that, if the mixture is highly viscous, the speed will be very slow,
and thus require large clarifier tanks to fully separate out the solids required. The size of
solids filters were scaled from values for similar filters found in literature [3].

17
Fermentation sub-processes during biochemical processing produce off-gasses
such as carbon dioxide and small amounts of ammonia. These gases are separated by the
use of flash tanks. Flash tanks are sized by gas volume throughput, where the volume is
calculated by use of the ideal gas law.
After biochemical processing the algae slurry goes through a liquid-liquid
extraction followed by a distillation to recover solvents. As the extraction columns and
distillation columns in the system model perform the same function as those found in the
report by Davis et al. [2], cost values were scaled based on equipment throughput ratios
of the two systems. This was deemed acceptable as the columns are highly specialized to
the situation and engineering assessment and cost estimation has already been performed
by reputable engineering firms.
After thermochemical processing, a three phase separator is used to separate offgas, polar liquids, and nonpolar liquids. The size of this three phase separator is scaled
from values for a similar separator found in literature [3].
2.3.4

Utilities
System heating demands are calculated as the amount of heat required to increase

and maintain temperature of the algal slurry during sub-process operations. Electricity
demand is based on power requirements for pumps and mixers. Cooling loads are
required due to exothermic reactions in the fermentation vessels. Using Gibbs free
energy, a heat output from each reaction is estimated and used to determine required
cooling loads. Pump power was calculated based on system pressure losses and the
requirement to keep high temperature liquid under sufficient pressure to prevent
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volatilization of the slurry in the HTL systems. As discussed in section 2.3.1, mixing
power is based on the assumption that turbulence must be maintained in each reactor.
Gas from thermochemical processing and hydrotreatment is combusted in a gas
turbine to meet part of the biorefinery’s electrical and heating demands. The gas turbine
is sized according to its power output which is dependent on the amount of biogas
received from thermochemical and hydrotreating processes. The gas turbine is assumed
to be 80% efficient at capturing the incoming chemical energy from methane and ethane
and 25% of the captured energy is converted into electrical energy. The exhaust heat
from the turbine is assumed to be usable for trimmer heaters throughout the refiner with
any excess electricity produced sold back to the grid. In scenario’s where insufficient gas
is produced, grid electricity and off site natural gas must be provided for the system.

2.4

Techno-economic Assessment
A discounted cost flow rate of return (DCFROR) analysis was performed to

annualize costs for a biorefinery projected to have a 30-year lifespan. As costs are to
represent a developed technology rather than a new and untested process, Nth plant
economic assumptions consistent with previous works [2,3,11,12]. A comprehensive list
of key inputs for Nth plant economics, defined by the Department of Energy’s Bioenergy
Technology Office (BETO), can be referenced in Table A-1 of Appendix A.
Foundational assumptions include, internal rate of return of 10%, plant equity of 40%,
loan interest rate of 8%, and an income tax rate of 35%. All economic values have been
scaled to 2015 dollars based on the most recent data available from the Chemical
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Engineering Plant Cost Index for plant capital costs and the Bureau of Labor Statistics
Labor Indices Series ID CEU3232500003 for all employment and labor costs.
The DCFROR assessment targets a net present value of zero, to determine a
minimum fuel selling price (MFSP) for the primary product. As this system produces
several products including ethanol, alcohol/TAG mix, diesel, and naphtha, the products
were normalized based on their higher heating values (HHV) respectively assumed to be
29.8 MJ kg-1, 39.4 MJ kg-1, 46.6 MJ kg-1, and 48.1 MJ kg-1 to produce a gasoline gallon
equivalent (GGE) with a HHV of 46.5 MJ kg-1. Tracking annualized costs for capital
expenses, operational expenses, taxes and product sales, each sub-process can be
evaluated economically by how much it contributes to the final cost of the fuel.
2.4.1

Capital Cost Estimation
Capital cost estimation parallels methods set forth by [25] in which equipment

purchase cost versus sizing capacity are tabulated for a comprehensive set of chemical
processing equipment types. The engineering system model is able to calculate the sizing
capacity for most equipment and by reference to the tabulated data, obtain an estimated
purchase cost. The total capital cost of each piece of equipment includes not only
purchase cost, but material costs for installation bulks, such as foundations, insulation,
electrical, and piping. Appended to that material cost, are costs associated with the labor
for installing both the purchased equipment and the installation bulks. Loh et al. [25] set
forth distributive percentage factors that account for the additional material and labor
costs. In some cases, scaling of unit operations from other studies were used rather than a
direct sizing calculation due to the specialization of the specific unit operation, as
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described previously. Once the total equipment cost has been determined, several other
direct and indirect costs such as, site development, and project contingencies, were
calculated and appended to the total cost as described by Davis et al. [2].
2.4.2

Operational Cost Estimation
Variable operational cost estimates were based on calculated values from the

engineering system model for supplies, electricity, heating, and equipment maintenance
demands. A complete description of these economic inputs is available in Table A-2 of
Appendix A. Fixed operational cost such as employee salaries and benefits were
calculated for the B&T process and HTL-only process as described by Davis et al. [2]
and Jones et al. [3] respectively, based on the same number of employees, as the two
processes would require similar respective workloads.

2.5

Life-Cycle Assessment
The system boundary for the model indicates a well-to-product system, therefore

only operations dealing with the production are included i.e. algae growth to final fuel
product with infrastructure emissions excluded. The transportation of required input
materials is excluded. The results were normalized to a functional unit of 1 MJ of fuel
produced at the plant. LCA was carried out based on system model material and energy
balances in conjunction with LCI data gathered from the NREL LCI database [26].
Using a 100-year global-warming-potential (GWP) a carbon dioxide equivalent (CO2-eq)
emission for the biorefinery was calculated for all scenarios which includes carbon
dioxide, methane, and dinitrogen monoxide emissions based on IPCC equivalency factors
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of 1, 25, and 298, respectively. Emissions are allocated to all refinery fuel products
based on energy. Credits are granted for the carbon dioxide uptake during algae
cultivation, displacement of nutrient fertilizer production through the recycle of struvite,
as well as the generation of excess electricity from the heat and power system. As the
benefits of the waste water treatment have not been quantified, credits for this service are
not included in the study.

2.6

Sensitivity Analysis
Sensitivity analysis was used to identifying key input parameters for the sub-

processes on a systems level. Identifying these parameters directs future research into
areas of high impact. Sensitivity analysis was performed by varying inputs by ±20% of
base values and examining the response of the model in terms of both fuel selling cost
and global warming potential. Using a least squares model and a two-tailed t distribution
at a significance level of 0.05 (95% confidence level) statistically significant model
parameters were identified.
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CHAPTER 3
RESULTS

Six scenarios were modeled to investigate the performance of current, near-term, and
long term technology biorefineries. The performance of each scenario is quantified
through the metrics of economic feasibility and environmental impact. Sensitivity results
are presented for the baseline B&T scenario to identify key areas for future research and
development.

3.1

Techno-economic Assessment
The engineering process model coupled with economic modeling was used to

evaluate the economic performance of the B&T baseline pathway. The B&T process
utilizes low lipid algae to produce multiple fuel products. The process utilizes different
aspects of the algae for different fuel products, carbohydrates and proteins are converted
into ethanol and isobutanol respectively, lipids are extracted as direct fuel products and
the other organics in the residue are thermochemically converted to biocrude. Using the
DCFROR analysis and standard economic assumptions all cash flows were calculated
over the 30 year lifetime of the biorefinery and translated into year 2015 dollars. The
MFSP based on the baseline B&T facility operating at 54 million gallons per year is
$5.93 GGE-1. The largest contributor to this cost is the biomass feedstock cost
corresponding to 57% of the total cost. Reducing the feedstock cost to $200 per ton,
dramatically impacts the total costs reducing the MFSP to $3.77 GGE-1. The total cost
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for converting the biomass, excluding the feedstock cost, in the B&T baseline scenario is
$2.14 GGE-1. Assuming the B&T process could integrate with a more traditional
terrestrial feedstock, $40 per ton, the MFSP would be $2.46 GGE-1. The B&T process
represents a promising alternative processing pathway.
Modeling work included the evaluation of an alternative processing pathway,
HTL-only, as well as optimistic, baseline, and conservative scenarios for each pathway.
A MFSP for each scenario is presented in Figure 2 with sub-process resolution (a detailed
table of results is presented in Table B-1 of Appendix B). As expected the biomass
production represents the majority of the costs in all of the scenarios. The HTL-only
pathway is shown to result in a more cost competitive fuel product with the baseline
MFSP of $4.83 GGE-1 compared to $5.93 GGE-1 for the B&T pathway. The total cost
for conversion in the HTL-only scenario is $1.52 GGE-1. Cost differences between the
two processing pathways arise primarily due to capital expense. Not including
cultivation, the infrastructure needed for the baseline B&T pathway is 55% more per
GGE-1 compared to the baseline HTL-only pathway. While the HTL-only scenario is
economically favorable there are some negatives associated with the process in terms of
biofuel composition.
The high ash content of the biomass negatively impacts the overall economics of
the HTL-only scenario. The ash content of the algae of an ATS system can be reduced
significantly but not entirely as some of the ash is biogenic. Reducing the ash content
from 25% to 10% would decrease the baseline HTL-only cost by 3.75% to $4.65 GGE-1.
Reduction of the starting ash content similarly decreases the MFSP of the baseline B&T
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process by 3.45% to $5.72 GGE-1. Previous HTL economic modeling have assumed
relatively low ash content biomass based on cultivation of homogeneous algae. The ash
content of large-scale cultivation platforms if high will negatively impact the downstream
processing which to date has not been fully investigated. As illustrated the ash in either
processing pathway, B&T or HTL-only, negatively impacts the MFSP.
Conservative and optimistic scenarios are intended to bound the economics of the system
by representing repeatable current performance and future expected performance,
respectively. Results for these different scenarios for the B&T and HTL-only pathways
are presented in Figure 2. The conservative scenario for the B&T and HTL-only
pathways yield a MFSP of $10.60 GGE-1 and $6.79 GGE-1, respectively. The major
contributor to the increase in MFSP for the conservative scenario is the decrease in
feedstock solids concentration. To accommodate larger throughput, increased plant
infrastructure, larger energy demands, and more process supplies, are required to produce
the same quantity of fuel. The B&T process suffers more significantly from these effects
since it inherently has greater dependency on these factors. The optimistic scenario costs
were $5.15 GGE-1 and $4.37 GGE-1 for the B&T and HTL-only, respectively. The
dramatic decrease in cost from the conservative scenarios is dominated by the increased
performance of the system. The improved performance is well within the realm of reality
and is expected to be the performance of an Nth plant system based on expected learning
curves and research and development.
The main facet of this TEA focuses on the relationship of fuel quantity to selling
price, but aspects of fuel quality must also be recognized as the two pathways produce
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very different products. For algae to become a cost effective feedstock for renewable
fuels, high productivity rates are essential. Algae strains that demonstrate the highest
productivity rates contain large amounts of proteins rich in nitrogen which is an
undesirable fuel constituent. Direct conversion of this protein into biocrude through the
HTL-only pathway can lead to fuels that are unfit for blending with traditional fuels.
Experimental work has indicated that the resulting biocrude from the B&T pathway
produces a fuel with 0.89% nitrogen compared to 4% from the HTL-only pathway.

Figure 2. Minimum fuel selling price (MFSP) for model scenarios. Variations in
sub-process yields, residence times, recovery efficiencies, and compositional
differences in feedstock

This effort focuses on results for the production of renewable fuel products.
Other processing pathways could be integrated with the B&T process to improve the
economic performance with the production of solvents and pharmaceuticals. Since the
B&T process includes two separate fermentation stages, these points within the system

26
could be tuned using different E. coli strains to produce solvents that have current market
values that are an orders of magnitude higher than fuels. While these possibilities have
not been fully investigated, this might prove to be a viable option for future algae
biomass research in an effort to improve the economics.

3.2

Life-Cycle Assessment
The environmental impact of the system is evaluated through integrating the

energy and mass flows from the engineering process model with LCI data. The
sustainability metric is global warming potential based on a net greenhouse gas emissions
(GHG), CO2-eq, that combines CO2, methane, and di-nitrogen mono-oxide based on 100
year IPCC impact factors. The total emissions include, not only direct emissions of
greenhouse gases, but the emissions from upstream processes involved with energy and
material production. Results for the six scenarios modeled are presented in Figure 3 with
breakdowns on a sub-process level (a detailed table of results is presented in Table B-2 of
Appendix B). A direct comparison to traditional diesel and soy-based biodiesel are
included [11,27]. All of the scenarios outperform petroleum diesel based on a well to
product system boundary. The renewable fuel standard requires a 50% reduction in
emissions compared to conventional diesel on a well to wheel basis. Assuming 0.072 kg
CO2eq MJ-1 for the product to wheel for the produced fuel, the baseline B&T and HTLonly well to wheels GHG emissions are 0.0535 kg CO2-eq MJ-1 and 0.0549 kg CO2-eq MJ1

, respectively. Both the baseline pathways are slightly higher than the renewable fuel

standard of 0.045 kg CO2-eq MJ-1.
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Similar to the economic results the GHG emissions for the conservative scenarios,
not including product to wheel, are much higher, 0.0132 kg CO2-eq MJ-1 and -0.003 kg
CO2-eq MJ-1 fuel for the B&T and HTL-only pathways respectively. Both conservative
scenarios do not meet the renewable fuel standard. The optimistic scenario does not meet
the renewable fuel standard for both processes with GWPs that are -0.0221 kg CO2-eq MJ1

fuel and -0.0189 kg CO2-eq MJ-1 fuel respectively. A significant advantage in all of the

scenarios is the carbon credit associated with the growth system which is characteristic of
a bio-based system. The HTL-only scenario benefits from excess electricity generation
which is assumed to be delivered to the US grid. The B&T system benefits from a credit
associated with the struvite. This benefit does not dominate the results and represents 8%
of the total credits in the baseline B&T process. Another credit that was not included in
this study, due to lack of experimental data, was the benefits of waste water treatment
(WWT) that an ATS system provides. Barlow et al. [11] demonstrates credits amounting
to as much as -0.016 kg CO2-eq MJ-1 for WWT which would place the optimistic
scenarios at -0.0381 kg CO2-eq MJ-1 and -0.0349 kg CO2-eq MJ-1 for the B&T and HTLonly pathways respectively, qualifying them for the renewable fuels standard.
A direct comparison of these results to literature was performed. Previously
reported GWP values for algal biofuel systems range widely from -0.075 to 0.534 kg
CO2-eq MJ-1 [5]. The large range in literature are the result of a variety of compounding
differences in assumptions including but not limited to growth rate, modeling fidelity,
and system boundary. As growth rate represents the most influential variable a direct
comparison of the conversion process can be done by excluding the growth system from
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the system boundary. Davis et al. [2] report GHG emissions for a fractionation
conversion process which produces lipid and carbohydrate derived fuels of 0.010 kg CO2eq

MJ-1. Jones et al. [3] report GHG conversion plant emissions of 0.091 kg CO2-eq MJ-1

for HTL. The operation of these systems is closest to the optimistic scenario in this study
with GHG emissions for the B&T and HTL-only scenarios for just the conversion
processes being 0.028 kg CO2-eq MJ-1 and 0.0311 kg CO2-eq MJ-1 respectively. The
difference in results are a direct result of differences in system performance and algal
composition.

Figure 3. Greenhouse gas emissions (GHG) for modeled scenarios. Compared to
other traditional fuels such as Soybean-based RD at -0.0455 kg CO2-eq MJ-1 [27] and
conventional petroleum diesel at .0170 kg CO2-eq MJ-1 [11]. Direct emissions refer to
the CO2 gas that is produced from the fermentation stages in biochemical
processing and CO2 produced by the HTL and hydrotreatment processes.

3.3

Sensitivity
The sensitivity of the system model to several inputs has been conducted for the
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baseline B&T scenario to determine impacts on MFSP and GHG emissions. Those
inputs indicating the greatest changes to final cost or emission, highlight areas where
future research should be targeted to improve the performance of the system. Results
from the statistical reduction of the sensitivity analysis are presented in Figure 4. Similar
work was performed for the HTL-only process with results presented in Figure D-1 of
Appendix D.

Figure 4. Sensitivity analysis of B&T system model. Minimum fuel selling price
(top) and greenhouse gas emissions (bottom). Parameters with t ratios exceeding
the 95% confidence intervals (vertical dashed lines) are statistically significant.
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Results are similar holistically across the two conversion pathways. Specifically,
biomass cost, reaction yield, and solids content are shown to statistically significantly
impact the economics of both conversion pathways.
The B&T pathway is shown to have a high sensitivity to the solvent recovery
which is not present in the HTL-only pathway. Given the cost for ethyl acetate is $907
ton-1 and large quantities are used for the extraction, it is expected that effective recycling
is required to minimize costs. The assumed loss fraction for the baseline B&T pathway is
0.4% as solvent recycling is a well-established commercial activity with minimal
advancement expected in this area. These result re-confirm the importance of improved
process performance in terms of yield and minimizing biomass cost [2,3,5,11].
GHG sensitivity assessment reveals only two parameters of significance; solvent
recovery, and solids content of the feedstock for the baseline B&T pathway. Upstream
emissions due to the manufacture of ethyl acetate are greatly increased if the solvent is
not efficiently recycled. Solids content of the original feedstock has a large impact on the
overall scale of the system. If, for example, solids content is halved resulting in a 2X
increase in water, the biorefinery is essentially twice as large, processing twice the
amount of material, but yielding the same amount of fuel. The added water represents a
parasitic load on the system. Increasing the solids content, while environmentally
favorable, results in limitation in terms of operation based on viscosity effects.
Economic assumptions were not included in the sensitivity analysis but were
independently explored. Nth plant assumptions from other assessments [2,3,11,12] while
convenient for direct comparison, may not reflect real world application. For example,
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the assumed income tax rate of 35% is a worst case scenario and based on government
incentives around renewable fuels it is expected to be lower. Decreasing the income tax
in the analysis to 30% from 35% reduces the MFSP for the B&T baseline scenario by
$0.10 GGE-1. Further, the assumed internal rate of return of 10% represents an optimistic
scenario. Reducing this to 5% has a dramatic impact on the MFSP, reducing it by 26%
from $5.93 GGE-1 to $4.41 GGE-1. Other economic inputs such as build out of the
facility and production ramp up have similar impacts as the taxation. These results
highlight the importance of all modeling inputs from process performance to foundational
economic and life cycle assessment assumptions.

3.4

Comparison to Published Works
While upstream cultivation techniques may vary, MFSP of the pathways modeled

here, are comparable to results from similar studies considering various conversion
pathways. Barlow et al. [11] reports an optimized production scenario MFSP of $11.20
GGE-1 for algae cultivated using a rotating algal biofilm reactor and an HTL conversion
technique. The high cost arises from feedstock cost of the cultivated algae reported at
$1051 per ton. Davis et al., [2] reports a MFSP of $4.35 GGE-1 for an ORP cultivated
algae using a biochemical conversion technique similar to methods of the B&T process.
The improved economics of this case can be attributed to lower feedstock costs of $430
per ton as well as the higher lipid content associated with the ORP algae.
The work performed by Jones et al. [3] parallels the HTL-only process modeled in
this work with a few variations that need to be accounted for in order to directly compare
MFSP. These variations include Catalytic Hydrothermal Gasification (CHG) processing
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of ACP, and seasonal variation in feedstock supply, which this model doesn’t include.
Harmonization of the two models was done through referencing the sensitivity analysis
done by Jones et al. [3] which indicates that eliminating the CHG processing and drying
of excess biomass, yields a MFSP of $3.97 GGE-1. If similar feedstock costs and HTL
reactor yields from Jones et al. [3] are implemented into the HTL-only model, and reactor
residence times are set equal, a resulting MFSP of $4.18 GGE-1 is indicated.
Additionally aligning biomass ash content yields a MFSP of $4.05 GGE-1. The slight
difference in cost, 2%, could be attributed to assumptions in regard to algal viscosity or
rounding error from truncated values used from the report.
For all cases that are to be developed the working fluid is going to be heated and
subsequently cooled, thus heat exchanger implementation mitigates the need for large
heating and cooling loads. Heat exchanger area, and therefore cost, is dictated to a large
extent by the heat transfer coefficient for the application. High viscosities in the fluid
result in low Reynold’s numbers, and, by extension, low heat transfer coefficients. The
work published by Knorr et al. [20] confirms the importance of establishing accurate heat
transfer coefficients. The system model needs to effectively predict the heat exchange
area required so capital cost estimations are accurate. Pumping power required by the
system is also increased due to large pipe lengths required by the heat exchangers and
increased friction factors resulting from viscous flow. The increased power requirements
of the pumps directly impacts capital and operational expenditures. As indicated
previously, viscosity was determined to be an important variable in determining capital
and operational costs. An explicit investigation of MFSP dependence on viscosity was
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performed with results presented in Figure 5. Included in the results are estimates from
other works with results showing a large range for the corresponding economic impacts
[3,20,24,26]. The figure reveals that cost variation near the selected viscosity level is
very small, which is why the sensitivity analysis failed to establish this variable as
significant. The results show the importance of including the impacts of viscosity. If
modeling work is performed with the assumption that the algal slurry has the same
viscosity as water this will result is a significant under estimation of the capital and
operational costs.

Figure 5. Variation in MFSP with assumed algae viscosity. The red diamonds
indicate values assumed in the baseline model. Viscosity estimates of other studies
have been included to validate the engineering system model and to illustrate the
large variance in viscosities reported.
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3.5

Conclusions
An evaluation of two different conversion pathways was performed, 1) B&T:

biochemical process followed by HTL and 2) HTL-only. Techno-economic results
indicate that a near-term fuel selling cost of $5.93 GGE-1 is realizable for the B&T
process. The HTL-only system consistently outperformed the B&T process from a cost
perspective. The most significant factors affecting the B&T process were the recovery of
solvent in the extraction process, and conversion yields from the reactors. Economic
results show algae cultivation represents the bulk of the final cost. Creating higher value
products using the established B&T pathway would improve the overall economics of the
conversion pathway.
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Table A-1. "Nth" plant assumptions from BETO
Assumption
Plant Equity
Income Tax Rate
Construction Period
Year 1 Construction Spending
Year 2 Construction Spending
Year 3 Construction Spending
Start-Up Time
Start-Up Revenue
Start-Up Variable Costs
Start-Up Fixed Costs
Yearly Operation
Working Capital Cost
Indirect Capital Costs
Internal Rate of Return
Loan Interest Rate
Loan Term
Plant Life
Depreciation Schedule
Plant Salvage Value
1

Value
40
35
3
8
60
32
6
50
75
100
330
5
60
10
8
10
30
7
None

Units
% of Total Capital
%
years
% of Total Capital
% of Total Capital
% of Total Capital
months
% of normal
% of normal
% of normal
days/ year
5% of Total Capital
% of Direct Costs
%
% Annually
years
years
year MACRS1 schedule

Modified Accelerated Cost Recovery System

Table A-2. Extended list of system model inputs
Variable
Operational days
Ambient Temp.
Ambient Pressure
Heater efficiencies
Mixer efficiencies
HX tube pitch
HX tube fouling
HX shell fouling
Particle Diameter
Clarifier depth
CSTR Fill percent

Value
330
20
1
80
70
2.5
0.0002
0.0002
0.1
3
95

Units
day/year
°C
atm
%
%
m K/W
m K/W
mm
m
%

Feed
Cost
Units
Biomass
463
$/ton
Sulfuric Acid
99.85
$/ton
E. coli
45
$/ton
Protease Enzyme 952.54
$/ton
Ethyl Acetate
907.19
$/ton
Hydrogen
1367.51
$/ton
Grid Electricity
0.0572
$/kWh
Natural Gas
2.96
$/MMBTU
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Table B-1 Data values for MFSP
Minimum Fuel
Selling Price
ATS System
Pretreatment
Digestion & Fermentation
Extraction
HTL
Conversion & Utilities
Storage & Misc.
Indirect Costs
Growth / Harvest
Treatments & Supplies
Electricity
Natural Gas
Maintenance
Salaries & Benefits
Taxes
Total

$
$
$
$
$
$
$
$
$
$
$
$
$
$
$
$

Conservative
B&T
HTL-only
2.61 $
2.28
0.20 $
0.87 $
0.37 $
0.68 $
0.94
0.14 $
0.11
0.38 $
0.18
1.58 $
0.74
0.95 $
0.83
0.58 $
0.49
0.17 $
0.06
0.18 $
0.08
0.52 $
0.24
0.34 $
0.18
1.04 $
0.65
10.60 $
6.79

$
$
$
$
$
$
$
$
$
$
$
$
$
$
$
$

Baseline
B&T
HTL-only
2.48 $
2.18
0.09 $
0.26 $
0.09 $
0.17 $
0.30
0.08 $
0.08
0.12 $
0.06
0.49 $
0.27
0.90 $
0.79
0.25 $
0.49
0.05 $
0.04 $
0.01
0.16 $
0.09
0.17 $
0.11
0.57 $
0.44
5.93 $
4.83

$
$
$
$
$
$
$
$
$
$
$
$
$
$
$
$

Optimistic
B&T
HTL-only
2.37 $
2.08
0.07 $
0.15 $
0.06 $
0.12 $
0.19
0.07 $
0.08
0.08 $
0.04
0.33 $
0.18
0.86 $
0.76
0.21 $
0.49
0.05 $
0.02 $
0.00
0.11 $
0.06
0.14 $
0.09
0.50 $
0.39
5.15 $
4.37

Table B-2. Data values for GHG emissions
Greenhouse Gas
Emissions
Growth Emissions
Electricity Emissions
Natural Gas Combustion
Material Emissions
Co-Product Credits
Direct Emissions
Total Emissions

Conservative
B&T
HTL-only
-0.0500
-0.0500
0.0137
0.0050
0.0249
0.0104
0.0098
0.0200
-0.0042
0.0000
0.0191
0.0115
0.0132
-0.0031

Baseline
B&T
HTL-only
-0.0500
-0.0500
0.0043
-0.0006
0.0061
0.0018
0.0066
0.0200
-0.0042
0.0000
0.0187
0.0117
-0.0185
-0.0171

Optimistic
B&T
HTL-only
-0.0500
-0.0500
0.0041
-0.0013
0.0035
0.0005
0.0062
0.0200
-0.0042
0.0000
0.0184
0.0119
-0.0221
-0.0189
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Table C-1. Pretreatment Mass Balance and Area Schematic
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Table C-2. Carbohydrate Fermentation
Mass Balance and Area Schematic
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Table C-3. Protein Digestion
Mass Balance and Area Schematic
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Table C-4. Protein Fermentation
Mass Balance and Area Schematic
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Table C-5. Extraction Mass Balance and Area Schematic
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Table C-6. B&T Thermochemical Processing
Mass Balance and Area Schematic

47
Table C-7. HTL-only Thermochemical Processing
Mass Balance and Area Schematic
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Figure D-1. Sensitivity analysis of baseline HTL-only system model. Minimum fuel
selling price (top) and greenhouse gas emissions (bottom). Parameters with t ratios
exceeding the 95% confidence intervals (vertical dashed lines) are statistically
significant.

